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Abstract 
A mathematical model of a rotary kiln oxy-pyrolyzer of sewage sludge is 
presented. The specific feature of the model is the axial staging of O2 feeding to the 
reactor as one important key to the quality of the syngas. The steady operation of 
the oxy-pyrolyzer is analyzed in terms of fluxes of the solid fuel and of the gaseous 
species, temperature of the solid and of the gas phases along the reactor. The 
performance of the reactor is characterized in terms of process rate and chemical 
composition of the produced syngas, heating value and thermal power. 
 
Introduction 
Thermal conversion of waste-derived fuels is gaining a clear role as one pathway to 
close the recycle loop when recycle is impossible or economically unfeasible [1]. 
Sewage sludge derived from the treatment of urban wastewaters is currently facing 
rapidly increasing production volumes and severe restrictions of the conventional 
disposal options [2]. Thermal conversion stems out as the most viable strategy, 
entailing large reduction of the sludge volume and thermal destruction of the toxic 
organic constituents. Pyrolysis/gasification owns several advantages over the direct 
combustion path, mostly related to the generation of syngas and condensable 
species. This study addresses the development of a process for oxy-pyrolysis of 
sewage sludge in a rotary kiln (RK) converter. The aim of the process is the 
production of syngas from devolatilization of sewage sludge, with O2 promoting 
autothermal operation of the pyrolyzer by controlled oxidation of volatile 
compounds. The specific concern of the study is to assess the effectiveness of 
staged O2 feeding as a tool to selectively promote desired secondary reactions 
occurring in gas phase, like partial oxidation of tars [3]. The converter consists of a 
RK in which the oxidizer is fed at multiple coordinates along the reactor axis, so as 
to obtain a reactant contacting pattern resembling that of a Zwietering reactor [4]. 
Material/energy balances at steady state are set up considering a semi-lumped 
kinetic mechanism purposely developed to represent the complex chemical paths of 
the solid fuel, of the gaseous compounds, of different tar components and of soot. 
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The Reactor 
The oxy-pyrolysis RK reactor is schematized in Figure 1. It has been modeled by 
considering the axial motion of the solid phase and of the gases, with material and 
energy transfers between the two streams. The geometric/dimensional features of 
the reactor reproduce those of a pilot-scale reactor developed by Centro Sviluppo 
Materiali [5]. The kiln is 2.64 m long, 0.9 m ID, inclined by 1° with respect to the 
horizontal plane and operated at atmospheric pressure. The oxidizer is fed through 
a manifold with 7 nozzles equally distributed along a reactor length of 1.4 m. The 
axial motion of the solid fuel particles and of the gas follows the plug flow pattern. 
Radial mixing within the solid phase makes segregation phenomena along the 
radial coordinate of the reactor negligible. Solid and gas phases are considered 
radially isothermal, though the difference in temperature between them has been 
taken into account. Intraparticle temperature profiles have been neglected. 
 

 
Figure 1. Scheme of the oxy-pyrolyzer reactor with uniform gas staging. 

 
The Kinetic Model 
Immediately after feeding to the converter, the solid fuel undergoes rapid drying 
first, then devolatilization. Any contact between the solid fuel and O2 is ruled out, 
so that devolatilization develops along a purely thermally activated decomposition 
path [6]. The gaseous species generated from fuel thermal decomposition and those 
present in the gaseous feeding eventually undergo homogeneous reactions 
according to the kinetic mechanism depicted in Figure 2. The following   gaseous 
species are considered: O2, N2, CO, CO2, H2, H2O, CH4, tar. More in detail, tar is 
assumed to be composed of two components: a primary tar, T1, which is directly 
produced by fuel devolatilization, and a secondary tar, T2, which is the product of 
secondary gas-phase pyrolytic reactions of T1. The secondary tar T2 may undergo 
further pyrolytic gas-phase dissociation to yield soot. Primary and secondary tars 
differ as to their H/C ratio, which expresses the degree of aromatization. For the 
purpose of the present computations, hexadecane (C16H34) was assumed as a 
surrogate of T1 and naphthalene (C10H8) of T2. The reaction network includes both 
O2-consuming (combustion (R1)–(R3) and partial oxidation (R5) and (R7)) and 
pure thermal cracking ((R6) and (R8)) reactions. 
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Figure 2. The semi-lumped reaction network.  

 
Mass/Energy Balance Equations 
For the sake of brevity only mass balance equations are fully detailed in this work. 
The axial profiles (along the reactor  -axis) of the flux of solid fuel   (dry basis), 
and of the devolatilization degree   are expressed as: 

   ( )  = −(1 −      )         −     ( ) [1 −  ( )]                               (1) 
    ( )  =       −     ( ) [1 −  ( )]                                    (2) 
 
where       is the mass fraction of char in the raw sludge (dry basis),   the sludge 
velocity inside the oxy-pyrolyzer,    the temperature of the solid phase, R the gas 
constant and  ,    and   the activation energy, pre-exponential factor and reactor 
order of the devolatilization process, respectively. The boundary conditions, set at  =0 (reactor entrance), are:  ( = 0) =    and  ( = 0)=0 for Eqs. (1) and (2), 
respectively. Eq. (3) describes instead the profiles (along the reactor  -axis) of the 
flux   of the  -th chemical species (involved in the   different chemical reactions): 
 ∀ :    ( )  =   , ( ) + ∑    ,  ( )  +  ( )  +   ,     ( )                                  (3) 
 
where   ,  is the formation rate of the  -th species by devolatilization,   ,   the 
formation rate of the  -th species due to  -th homogeneous reaction,   the molar 
feeding rate of external gas per unit length and unit cross-sectional area of the 
reactor and    the molar fraction of the  -th species in the external gas.    is the 
fuel drying rate and is valid only for  =   . Energy balance equations for both the 
solid and gaseous phase took into account conductive, convective, and radiative 
heat transfer phenomena among the two phases and the wall of the reactor, together 
with the thermochemistry of the homogeneous reactions. 
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Model Parameters 
The solid fuel considered in the study is a semi-dried sewage sludge (moisture 
fraction 40%), already investigated in previous studies [1]. The devolatilization 
yields are 0.048 (N2), 0.122 (CO), 0.221 (CO2), 0.017 (H2), 0.033 (CH4) and 0.206 
(tar) on a dry mass basis, corresponding to      =0.353. The mass feed rate of 
sludge is set at 100 kg h–1, from which it is   =4.37×10–2 kg m–2 s–1. The sludge 
velocity inside the oxy-pyrolyzer is  =1×10–3 m s–1 [5]. The activation energy  , 
pre-exponential factor    and reaction order   of devolatilization are 63438 kJ 
kmol–1, 79.1 s–1 and 1.31, respectively [7]. The gasifying agent consists of 
O2-enriched air:    =0.435 and    =0.565. The overall volumetric flow rate of 
feeding gas,    is equal to 54.4 Nm3 h–1. According to the general hypotheses of 
the model, a flow rate of   =  /7 is fed at the reactor inlet, while the rest is 
homogeneously distributed through the other 6 nozzles up to  ∗=1.4 m. It is, thus,  =6.48×10–4 kmol m–3 s–1 for  <  ∗=1.4 m, and  =0 for  >  ∗. The boundary 
condition of Eq. (3) is    =0 for all the gaseous species other than O2 and N2, for 
which    ( =0)=6.58×10–5 kmol m–2 s–1 and    ( =0)=8.55×10–5 kmol m–2 s–1. 
 
Results and Discussion 
The core of the model is a system of nonlinear ordinary differential equations 
solved in the MATLAB® environment using the ode23s function.  
 

 
Figure 3. Flux of sewage sludge (a) and of N2 and O2 (b) along the reactor. 

 
Figure 3-a reports the axial mass flux of fuel   along the oxy-pyrolyzer. Up to  =0.45 m,   is constantly equal to its inlet value since the temperature of the solid 
phase is not high enough to promote devolatilization. Thermal decomposition of 
the sludge becomes active in the range  =0.45–0.78 m and is associated with the 
steep decrease of   to 15 g m–2 s–1. Beyond  =0.78,   remains constant and, since 
devolatilization is complete, consists of sludge char only. Figure 3-b reports the 
fluxes   of O2 and N2 as a function of  . In the “gas feeding zone” (0< < ∗=1.4 m) 
the N2 flux increases due to the combination of sludge devolatilization and 
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distributed feeding of the oxidizing agent. Beyond  ∗=1.4 m it remains constant, as 
expected. The concentration of O2 increases along the reactor in the range 
0< <0.52 m. Beyond  =0.52 m, O2 is rapidly consumed by combustion and partial 
oxidation reactions which fully compensate the distributed feeding of the oxidizing 
agent. Figures 4-a and 4-b report instead the fluxes   of the gaseous species (on a 
molar basis) and of soot C (on a mass basis) along the converter. H2 concentration 
begins to increase beyond  =0.55 m due to the combined effects of sludge 
devolatilization and of reactions (R5) and (R6). Primary tar, T1, is instead released 
as a direct consequence of sludge devolatilization, to decrease further on to 
vanishingly small values before the end of the feeding zone  ∗ due to the progress 
of reactions (R5) and (R6). Reactions (R7) and (R8) contribute to the H2 
production as well. On the other hand Figure 4-b shows that, after generation of T2 
by reaction (R6), the flux of T2 remains practically constant. This indicates that the 
consumption of T2 due to reactions (R7) and (R8) is negligible when compared 
with the net flux of T2. Similar findings are observed for the flux of soot, whose 
formation becomes evident at  =0.55 m as a result of the very slow progress of 
cracking of T2 (R8). H2 consumption by combustion (R1) in the nozzle zone gives 
a modest contribution to the axial profile of H2 flux. Beyond the feeding zone 
( > ∗) the further increase of H2 flux is due to the progress of the water-gas shift 
reaction (R4). The profile of CO flux clearly follows the H2 one in the feeding zone 
while, beyond  = ∗, it closely mirrors the H2 one, to which it is linked via the 
water-gas shift reaction. Carbon dioxide is generated in the zone of distributed 
feeding due to CO (R2) and CH4 (R3) combustion, as well as fuel devolatilization. 
The latter contribute appear dominant if considering the steadily increasing trend of 
CH4 flux in the devolatilization zone. Steam is produced by fuel drying in the early 
reaction zone. Then, when the operating conditions promote the H2 (R1) and CH4 
(R3) combustion, a moderate increase of H2O concentration is again observed. The 
H2O concentration decreases, and the CO2 concentration increases, to approach the 
water-gas shift equilibrium (R4) in the second part of the reactor. 
 

   
Figure 4. a) Fluxes of H2, CO, CO2, H2O along the reactor; b) Fluxes of CH4, T1 

and T2 (left-hand ordinate) and soot (right-hand ordinate) along the reactor. 
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Altogether, a flow rate of syngas of 143 Nm3 h–1 (dry basis and free from tars) was 
obtained from model computations. The main gaseous species present in the syngas 
are, in the order: H2 (37.0% by volume), N2 (24.1%), CO2 (18.9%), CO (17.3%) 
and CH4 (2.7%), giving rise to a gaseous product with a remarkably large H2/CO 
molar ratio (2.1). The additional amount of water is 51 Nm3 h–1. Primary tar was 
not found at the outlet of the reactor. However, a flow rate of 0.25 Nm3 h–1 was 
estimated for the secondary tar, while the amount of soot, produced according by 
thermal cracking of T2 (R8), was 0.02 kg h–1. The lower heating value of the 
produced syngas is 7152 kJ Nm–3, which results into a syngas thermal throughput 
of 284 kW. Altogether, the thermal throughput and the quality of the syngas 
provide a good starting point for the development of a technically and 
economically viable exploitation of sludge via oxy-pyrolysis. A comparison with 
results obtained assuming the usual localized feeding of the oxidizing agent at the 
reactor inlet has been also performed. Results showed that localized feeding of O2 
yields a syngas of much poorer quality characterized by a worse lower heating 
value (around 5000 vs. 7100 kJ Nm–3). When O2 is entirely fed at  =0, it is 
preferentially consumed by combustion reactions, and thus it is not available for 
the partial oxidation of T1 (R5) and T2 (R7) which produce H2 and CO. Moreover, 
much higher peak temperatures of gas phase establish in the localized feeding case, 
and this largely promotes the cracking of T2 (R8) and sooting. The comparison 
between the uniformly distributed and the localized feeding cases highlights the 
very positive role that O2 staging may exert on syngas quality and production rate.  
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